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Abstract

The present work demonstrates the potential of coupling ionic liquid 1-ethyl-3-methylimidazolium
ethylsulfate ([emim][EtSO,]) and hollow fiber membrane contactors for post-combustion CO, capture.
CO, absorption experiments in counter-current configuration were carried out, followed by a
comprehensive two-dimensional dynamic modeling based on steady state and pseudo-steady state
operating modes. The model considers the level of wetting of porous hollow fibers. An overall mass
transfer coefficient of 3.99 10° m.s* and CO, flux 6.1 10° mol.m?.s™ were obtained for 100 ml.min* of
gas flowing inside the fibers. The model predicted the effects of membrane wetting, porosity, tortuosity,
module length, fiber inner diameter, gas and absorbent flow rates. Membrane wetting has a noteworthy
effect on CO, capture efficiency. A smaller amount of wetting can cause a huge resistance in CO,
transport through the membrane. The separation efficiency was enhanced by using membranes with high
porosity and low tortuosity and decreased by enhancing the gas flow rate and absorbent flow rate
reduction. CO, capture is enhanced by increasing module length and reduction of inner diameter of fibers.
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Nomenclature

A Area (m?)

C Concentration (mol.m™3)

D Diffusivity (m2.s™1)

d, Membrane pore diameter (m)

H Henry law solubility constant (Pa™1)
j Molar flux (mol. m=2.s71)

K Overall mass transfer coefficient (m.s™1)
L Length of membrane(m)

m Distribution factor of CO, (-)

M, Molar weight (kg.mol™1)

n Number of fibers

P Pressure (Pa)

Q Volumetric flowrate (m3.s™1)

T Radial coordinate (m)

n Inner radius of the tube (m)

Ty Outer radius of the tube (m)

r3 Radius of the free surface (m)

R Module inner radius(m)

R Reaction rate (mol.m=3.s71)

R Perfect gas constant (J.mol"1. K1)
t Time(s)

T Temperature (K)

u Average velocity (m.s™1)

U Velocity (m.s™1)

v Molar volume (cm3.mol™1)

1% Volume (m3)

z Axial coordinate(m)

Subscripts

CO, Carbon dioxide

exp Experimental



g Gas

i Component i
IL lonic Liquid
in Inlet

l Liquid

M Membrane
N Dinitrogen
out Outlet

S Shell

T Tube

Tank In the recycling tank
z Axial

Greek Letters

u Viscosity (cP)

0 Contactor volumetric void fraction (-)
p Density (kg.m™3)

0 Atomic diffusion volume (-)

€ Membrane porosity (-)

€ Removal efficiency (%)

T Membrane tortuosity (-)

T lonic liquid residence time (s)
d Membrane thickness (m)

Oy CO, amount in feed gas (% vol)
0 Cylindrical coordinate (rad)

Y Surface Tension (MN.m™)



1  Introduction

Anthropogenic increase in emission of carbon dioxide (CO,), which is a major contributor to global
warming and climate change, has driven world’s attention towards CO, capture and storage. Due to the
world’s dependency on fossil fuels, CO, emission is increasing by 6 % every year [1-3]. Generally, three
different carbon capture strategies are being studied to mitigate CO, emissions: oxyfuel-combustion, pre-
combustion and post-combustion separation processes. Post-combustion capture is the most effective and
feasible way for CO, mitigation because this separation process can be applied to all combustion
processes and can be retrofitted to existing power and industrial plants [3,4].

There are various technologies used for CO, capture including membranes, packed towers, spray towers,
absorption columns and other conventional industrial methods [5]. Hollow fiber membrane contactors
(HFMCs) are a hybrid technology that combines both membrane and absorption and can achieve
dispersion free gas/liquid and liquid/liquid mass transfers. HFMCs are more advantageous over other
conventional columns due to its larger and constant interfacial area per unit volume, absence of flooding,
foaming and entrainment, independent control of flow rates, easy scale up and modularity. An HFMC
provides 30 times more interfacial area compared to other conventional absorbers. A major disadvantage
in HFMC is the additional mass transfer resistance due to the membrane especially in wetting mode [4,6—
8]. Another possible problem with HFMCs operation is that flue gases contain a non-negligible amount of
water vapor. Pourafshari Chenar et al. [9] investigated this effect (gases at 60 % of relative humidity) on
CO,/CH,4 permeance in hollow fiber membranes. Results revealed that there was a decline in the CO, and
CH, permeance due to the presence of water vapor. On the contrary, a very recent study by Villeneuve et
al. [10] showed that water vapor presence has no significant effect on CO, absorption in HFMCs. For this
purpose, laboratory scale CO, gas liquid absorption experiments were carried out with 30 wit% aqueous
MEA solution in HFMC with overheated (~50 °C) and water saturated (~80 % relative humidity) feed gas
on the lumen side. To study the process with in the industrial frame, a one-dimensional adiabatic model
adopting commercial simulation environment was implemented for CO, absorption in MEA. Carbon
capture efficiencies nearly remained same for humid and dry gas operations. The results showed that
water vapor condensation occurs only in the gas side or it may occur on membrane-gas surface but not
inside membrane pores. The humid gas significantly led to higher pressure drop. A higher proportionality
factor (about 40 %) was observed between pressure drop and gas flowrate for humid feed gas.

Various chemical and physical absorbents have been used in HFMCs for CO, capture. Amines, aqueous
solvents, enzyme solutions, ionic liquids (ILs) and blends of physical and/or chemical absorbents have
been investigated [4,11]. The concept of using ILs for CO, capture is gaining interest due to its unique
characteristics [12-14]. ILs, due to their distinctive properties such as, thermal stability, wide liquid range,
negligible volatility, tunable physico-chemical character, tailorable structures and high solubility, are
driving researchers attention from the past few decades [1,12,15-18]. Various ILs have been used by
researchers for CO, capture. Gomez-Coma et al. [19] investigated the temperature influence on non-
dispersive absorption of CO, in polysulphone HFMC using 1-Ethyl-3-methylimidazolium acetate
(lemim][Ac]). The author also used various ratios of aqueous solution of [emim][Ac] to investigate its
effect on CO, capture efficiency [20]. Lu et al [21] studied the membrane absorption coupling process for
CO, absorption and absorbent regeneration with two ILs, 1-butyl-3-methyl-imidazolium tetrafluoroborate,
[bmim][BF,] (as physical absorbent) and 1-(3-aminopro pyl)-3-methyl-imidazolium tetrafluoroborate,
[apmim][BF4] (as chemical absorbent). The absorption process was investigated for both open loop and
close loop modes. Wetting of the mesoporous membrane was not taken into account due to high surface
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tension of the absorbents and use of fresh hydrophobic membrane. The aqueous [apmim][BF,] was able to
maintain high membrane flux and showed high CO, loading capacity at atmospheric pressure, compared
to aqueous [bmim][BF,]. Dai et al [22] investigated the compatibility and stability of six different porous
and non-porous polymeric HFMCs wusing IL 1-Butyl-3-methylimidazolium tricyanomethanide
[omim][TCM] as absorbent for CO,. The study has reported an enhanced mass transfer flux with increase
in gas flowrate for both porous and nonporous membranes. In another study [23] the author has used the
IL [omim][TCM] for CO, capture in porous tubular membrane contactor. An increase in CO, flux and
experimental mass transfer coefficients have been reported with increase in gas flowrate. A decrease of
22% in overall mass transfer coefficient has been reported for only 1 % wetting of the membrane.

Simulation is a potential tool for easy scale up and reduction of optimization cost of an available design.
Many researchers have focused on modelling and simulation of CO, capture in HFMCs with conventional
absorbents. However, there is a limited literature available on modelling and simulation of CO, absorption
in HFMCs with ILs [2,6]. Thus far, many researchers have worked on simulation of post-combustion CO,
capture. To the best of the authors’ knowledge, there is no available report on simulation of CO, capture in
HFMCs using ILs as absorbent, considering partially wetted and fully wetted conditions, with dynamic
modelling for recycled absorbent.

This work focuses on both experimental and modelling studies of CO, absorption in coupled system of an
IL and a HFMC. A polypropylene membrane contactor was used due to its hydrophobicity and resistance
to dissolve in common solvents. IL 1-Ethyl-3-methylimidazolium ethylsulfate [emim][EtSO,4] was used as
an absorbent for CO, due to its high CO, solubility, physical absorption behavior for CO, and green
nature. A comprehensive two-dimensional (2D) dynamic model was developed to study the mass transport
of CO, and separation behavior of CO,/N, mixture in both steady state and pseudo-steady state modes of
operation. The model considers non-wetted, partially wetted and fully wetted conditions. Results from the
model were validated with experimental data. CO, absorption behavior and setup performance were
studied in terms of separation efficiency, CO, flux and overall mass transfer coefficient. In the simulation,
effects of membrane configuration (porosity, tortuosity, module’s length and fiber inner diameter) on CO,
removal efficiency were studied. A detailed concentration profile was investigated in all wetted and non-
wetted conditions. Furthermore, the effect of operating conditions (gas flow rate, absorbent flow rate and
temperature) on CO, removal efficiency was also studied.

2  Experimental

2.1 Material

Carbon dioxide (99.7 %) and Nitrogen (99.9 %) were purchased from Air Liquide, Spain. A parallel
configuration hydrophobic HFMC (X50 module) was supplied by Liqui-Cel ™, USA. Modules were
manufactured with mesoporous polypropylene hollow fiber membranes (0.04 pm) potted with
polyurethane. Configurations of the module are presented in table 1. IL 1-Ethyl-3-methylimidazolium
ethylsulfate [emim][EtSO,4] with more than 95 % purity was purchased from Sigma-Aldrich.

2.2 Methods

A coupled HFMC-IL setup suitable for low temperature and pressure applications was used to investigate
the absorption behavior of CO, at various conditions. The setup is illustrated in figure 1. Operating
conditions for the absorption process are presented in table 2.



The feed gas mixture contains CO,, 15 % vol. and N, (rest to balance). The gas flowing through the fibers
of the module was measured and controlled by gas mass flowmeters (Alicat scientific, MC—gas mass flow
controller, Spain). IL was pumped from a reservoir, through the shell side of the module by a digital gear
pump (Cole-Parmer Gear Pump System, Benchtop Digital Drive, 0.017 mL/rev, 220 VAC, Spain) to
maintain a constant flowrate and avoid fluctuations. The absorption setup along with the IL reservoir were
kept in oven to maintain isothermal conditions during the absorption. Carbon dioxide concentration in the
inlet and outlet gas stream was measured by a CO, analyzer (Geotech, G110 0-100%, UK).

The gas mixture (which flows in open loop) was introduced through the lumen (inner) side of the fibers in
counter current mode at nearly atmospheric pressure. The IL was recirculated from a reservoir in a closed
loop. Liquid side pressure was kept slightly higher than gas side to avoid penetration of gas into the liquid
side. Experiments were performed inside an oven to maintain controlled temperature environment and
isothermal conditions during the absorption. IL during recirculation absorbs CO, from CO,/N, mixture.
CO, concentration in the outlet gas stream was continuously measured by CO, analyzer. The setup was
investigated against various operating conditions.

The CO, absorption flux and experimental overall mass transfer coefficient can be calculated by the
following equations.

. inCy.in— c
jeo, = Qg inCg_in fg,out gout _ KeprCg (1)
_ Cg,in_cg,out
A, = S @)
Cg_out

Where Q4 in and Qg o represent gas side inlet and outlet flow rates(m3.s™1), respectively, Cy in and
Cq oue are gas side inlet and outlet concentrations(mol.m™3) of CO,, respectively. C, o, value was noted
from the gas analyzer. AC, represents logarithmic mean of driving force based on gas phase concentration.

Co,




Figure 1 Schematic representation of the experimental setup; 1-N, and CO, gas cylinders, 2-Gas
flowmeters, 3-HFMC module, 4-IL Reservoir, 5-Gear Pump, 6-CO, analyzer, 7-Computer connected to
CO; analyzer.

Table 1 Specification of the membrane module.

Parameter Value unit
Membrane material Polypropylene -
Inside radius of the tube (ry) 1.1 10* m
Outside radius of the tube (r,) 1.5 10* m
Membrane thickness (8) 0.4 10™ m
Length of the contactor (L) 0.115 m
Number of fibers (n) 2300 -
Membrane pore diameter(dy) 0.04 pm
Effective inner membrane area (A) 0.18 m?
Porosity (&) 40 %
Packing factor 0.39 -
Tortuosity (z)? 25 -

& Assumed as 1/ €

Table 2 Operating conditions.

Parameter/Property Value Unit
lonic liquid [emim] [EtSO,] > 95% -

®, 15 Vol %
T 291 K

Qq 50-100 ml.min
Qu 60 ml.min
Pgin 0.103 MPa
PLin 0.131 MPa

3 Model development

A comprehensive 2D model is presented (for the experimental setup in section 2.2) to study the mass
transfer of CO; in porous hydrophobic polypropylene HFMC by solving the continuity equations for the
three domains: the gas side, porous membrane and absorbent side. Feed mixture containing CO, and N, is
allowed to flow in the inner side of the fibers considering a fully developed laminar parabolic velocity
profile. 1-Ethyl-3-methylimidazolium ethylsulfate [emim][EtSO,4] used as an absorbent, can flow counter
currently through the shell side (outer side) as shown in figure 2. Figure 2(a) shows a single hollow fiber
with arbitrary shell predicted by Happel’s model [24]. A portion of the fiber along with arbitrary shell is
shown in figure 2(b). Process parameters are listed in table 3.
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Figure 2 Schematic diagram of single hollow fiber and section used for model development.

Table 3 Properties and process parameters.

Parameter/Property Value Unit Reference
M 291 K 1235 mPa.s [25]

piL; 291 K 1.241 g.cm? [25]

Y 298 K 47.31 mN.m* [26]

Dco.r; 291 K 2.8810° cm?. st Equation 6
Dcorg 291K 1.55 10" cm? st Equation 13
Dcomg 291 K 2.48 1072 cm? st Equation 17
H; 303 K 1.611 MPa* [27]

3.1 Assumptions

The following assumptions were made in order to simplify the problem.

e Countercurrent mode, gas in the tube and liquid in the shell.

e Steady state and isothermal conditions in the HFMC module (unless mentioned).
e The tank is considered as a perfect stirred tank.

o Laminar flow conditions for both gas and absorbent.

o Application of Henry law on gas-liquid interface.

e Axial radial concentration gradient.

o Membrane does not provide selectivity.



e Physical absorption (no chemical reaction considered).

3.2 Transport equations
A schematic diagram of the counter current flow of absorbent (shell side) and gas (tube side) is shown in
figure 2. The continuity equation for each section is expressed as:

ac;

~=—V.CU-V.ji + R; (3)

Where C;(mol.m™3), U (ms™"), j; (mol.m=2.s™1), R; (mol.m=3.s~1) and ¢ (s) are the concentration,
velocity, molar flux, reaction rate and time, respectively. Fick’s law of diffusion is used for the
determination of fluxes [28]. Equation (3) is more simplified in later sections for steady state and no
reaction conditions.

3.2.1 Shell side
Based on the above assumptions the transport of CO, in shell side can be expressed as below:

9%Cco,-s , 10Cco,-s aC(:o2 3(3602
T +Dc02—s[ P =Ups—5,— (4)

For steady state the equation becomes as;

0%Cco,-s |, 10Cco,-s aCcoz—s 0Cco,-5
Dco, S[ 372 T T =Ups—5,— )

Where D¢g,—s(m?.s™1), Cco,—s (mol.m™®) and U,_g (m.s™') denote the CO, diffusivity, CO,
concentration and liquid velocity in the shell, respectively.

Gas diffusion coefficient in ionic liquids can be described by the following equation developed by Morgan
etal. [29]:

— 1
DCOZ—Z =2.6610 SW (6)

IL "CO,

Where p;;, (cP) and veo, (cm®. mol™") are viscosity of IL and molar volume of CO..

An increase in temperature effectively reduces viscosity of IL which causes an increase in diffusivity of
CO, in IL at relatively high temperatures. Equation 6 has been verified in various studies by comparing
the diffusivities from correlation with experimental diffusivities [30,31].

Happel’s model is used to predict the velocity profile in the shell side [24]:

- _ (Tan2q (r/18)? = (ra/rs)  +21In(r, /7)
UZ—S(T) - 2uIL[l (r3 ][3+(r2/r3)4—4-(r2/r3)2+4—ln(Tz/T3)] (7)

Where u,;, r, and r3 are average velocity of absorbent in the shell, outer radius of fiber and radius of free
surface. Radius of free surface can be predicted by the following equation:

=) "2 ®)



Where O is the contactor volumetric void fraction which is described by the following equation:
2
In the above equation n is the number of fibers and R is the module inner radius.

Boundary conditions are listed in table 4.

As the model considers Henry’s law for the gas liquid interface, a dimensionless Henry constant is used as
a distribution factor across gas liquid interface. Henry’s solubility constant for CO, solubility in [emim]
[EtSO,4] is used to find the dimensionless distribution factor [27,32]. The constant is temperature
dependent and increases simultaneously with temperature for [emim] [EtSO,]. Increase in the Henry’s
constant shows that solubility of CO, decreases for the IL, with temperature enhancement. The
distribution factor m is expressed by the following equation [33]:

= tunRel (10)
My 1L
Where p;, (kg.m™3), Ry(J.K~*.mol™"), My,_y;, (kg.mol™"), H(Pa~") and T (K) are density of IL, gas
constant, molar weight of IL, Henrys law solubility constant for CO, in [emim] [EtSO,] and temperature,
respectively.

3.2.2 Tube side
Transport of CO, in the tube side is given by the following mass balance equation:

0Cco,-T 0%Cco,-T 10Cco,-1 aCcoz ]

ac
o + DCOZ—T [ 92 U,_r COz (11)

r ar

For steady state mode the equation can be written as below:

0%Cco,-1 |, 19Cco,-T aCcoz 9Cco,-T
DCOZ_T[ or? r  or =Uz-r 0z (12)

Where D¢o,_r(m?.s™1), Cco,—r(mol.m™3) and U,_r(m.s™') denotes the tube side CO, diffusivity,
CO, concentration and gas velocity, respectively.

The diffusion coefficient in the gas side can be estimated by the following equation [34]:
0.01013. 7175 (z———+4-——)05

Dco,—g = yofop vt (13)
P[(ZGC02)3+(ZI-)N2)3]Z

In the above equation T(K), P (Pa), M,, (g.mol™1) and © are temperature, pressure, molar weight and
atomic diffusion volumes, respectively. Equation 13 has been used in different studies to predict gas side
diffusivity in membrane contactor operations [2,35,36].

Velocity profile in the tube is predicted by Newtonian laminar flow equation:
Upr () = 2ug[1 = (7] (14)
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Where u, (m. s~1) in the equation represents gas average velocity in the tube.
Boundary conditions are listed in table 4.

3.2.3 Membrane phase

The model considers non-wetting, partial wetting and full wetting conditions for which the schematic
diagram of membrane thickness is shown in figure 3. Boundary conditions for all three modes are listed in
table 4. Whatever wetting mode considered equilibrium between CO, concentrations in the gas and liquid
phase has been assumed, following Henry’s law. The difference between all three modes is the location of
the gas-liquid interface. For no wetting conditions, the gas-liquid interface is at the pore’s exit, on the shell
side (r =r,). For fully wetted conditions, the interface is at the pores entrance, on the tube side (r = ry). For
partially wetted conditions, the interface is inside the membrane’s pores (r =r,,) between ry and r,.

(a) (b) (c)

Figure 3 Schematic diagram of membrane thickness under (a) Non-wetted (b) Partially wetted and (c)
Fully wetted conditions

3.2.3.1 No wetting
Mass transport of the CO, in membrane is only governed by gas diffusion in the pores of membrane.
Membrane pores are completely filled with gas. The equation below describes this process:

0Cco,-Mg 0%Cco,-mg , 19Cco,-Mg , 9*Cco,-mg| _
ot + DCOZ_Mg or? + r or + 022 =0 (15)
For steady state:
0%Cco,-mg |, 10Cco,-Mg |, 9°Cco,-Mg
DCOZ_Mg [ or? r or + 0z2 =0 (16)

Where D¢, _pq(m?.s71) and Ceo,—pmgy(mol.m=2) denotes the CO, diffusivity and CO, concentration in
membrane, respectively.

A porous membrane is used in this study for which the effective diffusivity is found by the following
equation:
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DCOZ—Mg = Dcoz—gé (17)

Where ¢ and 7 are porosity and tortuosity of the porous membrane.

3.2.3.2 Partial wetting

As it’s clearly shown in figure 3b, due to IL penetration in the membrane pores, membrane is divided in
two sections, gas filled pores and liquid filled pores. Material balance for the transport of CO, in each
section is presented below.

For gas filled portion the only mechanism of CO, transport is its diffusion in gas (equation 18).

0Cco,-Mg 0%Cco,-Mg |, 10Cco,-mg , 9°Cco,-mg| _
at + DCOZ_Mg ar2 + r or + 0z2 =0 (18)

For steady state:

0%Cco,-mg |, 10Cco,-mg , 9%Cco,-mg
DCOZ—MQ[ or? r or 022 =0 (19)

For liquid filled portion the only mechanism of CO, transport is its diffusion in liquid (equation 20):

9Cco,-m1 0%Cco,-m1 |, 10Cco,-m1 |, 9*Cco,-mi| _
ac + Dco-mi |75z L P (20)
For steady state:
0%Cco,-m1 |, 10Cco,—m1 |, 8%Cco,-mi
DCOZ—MZ [ 67‘2 + ; 6r + aZZ ] 0 (21)

Where D¢o,—p (m?.s™1) and Ceo,—p (mol.m=2) denotes the CO, diffusivity and CO, concentration in
liquid filled portion of membrane, respectively.

3.2.3.3 Full wetting

Just like non-wetting condition in which pores are completely filled with gas, in full wetting the liquid
penetrates completely into the membrane pores causing a full wetting condition. Figure 3c shows the
membrane thickness filled with liquid penetrating from shell side. The only mechanism of CO, transport
in the membrane is its diffusion in liquid. The transport equation is given below:

0Cco,-M1 0%Cco,-m1 |, 10Cco,-m1 , 9°Ccop-mi]| _
ac +Dco-mi |75,z ror o (22)
For steady state:
0%Cco,-m1 | 10Cco,-m1 | 0%Ccoy-mi
DCOZ_MI [ or? + r or + 0z2 =0 (23)

Where D¢g,—p(m?.s™1) and Cco,—pi(mol. m™=3) denotes the CO, diffusivity and CO, concentration in
liquid filled membrane, respectively.
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Table 4 Boundary conditions for model development under no-wetting, full wetting and partial wetting

modes.
Boundary Tube Side Porous Membrane Shell Side
z=0 Cco,-1 = Co No Flux Convective Flux
z=1 Convective Flux No Flux Cco,-s = Ccop—-Tank

(Equation 27)
r = 0 6CC02—T - -

ar
Tr = r3 - - aCCOZ_S
_Z = = 0
ar
No Wetting
r=r, Cco,-1 = Cco,-mg Cco,-mg = Ceop-1 -
r=r, - Cco,-s Ceop—s=1H Ceo,—myg
CCOZ—Mg =—
m
Full Wetting
r=r, c _ Ccoy-m Ceop—m1 = Cco, -7 -
CO,-T = ")

r=r; - Ccoy—mt = Cco,-s Cco,-s= Cco,—m

Partial Wetting

z=0 Ceo,-r = Co
z=1 Convective Flux
r=20 5Cc02—T:0

or
r=mrTg Cco,-1 = Cco,-mg
r=r, -
r = 1'2 -
r = 1'3 -

Gas filled portion Liquid filled portion

No Flux No Flux Convective Flux

No Flux No Flux

Ccoz—s = CCOZ—Tank
(Equation 27)

CCOZ—Mg = CCOZ—T

Cco,-mt CCOZ—Ml = mCCOZ—Mg

m

CCOZ—Mg =

Cco,-m1 = Ceo,-s Cco,-s= Cco,-mi

0Cco,-s _
or

3.3 Dynamic model for recycled absorbent

The equations discussed in preceding section describe the steady state transport of CO, for a single run
through the HFMC. The model adopts a setup in which the absorbent is recirculated to a tank, until a
pseudo-steady state is achieved for the absorbent in the tank. A differential transient equation has been
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developed across the tank to measure the continuous evolution of CO, in the absorbent. The absorbent
passing from the contactor leaves the contactor at time t entering the tank, and exits the tank at t + At
with different concentration.

dCco,-tan
QIL(CCOZ—ZZO(t) — Cco,—tank (t)) =V Co+k(t) (24)

Where Cco,—tank(t) and Ceo,—z-0(t) are CO, concentrations (mol. m~3) in tank at time t and shell side
concentration (mol.m~3) of CO, at z=0 which is exit of contactor to the absorbent tank, respectively.
V., (m3) and Q;,(m3.s~1) are total volume and volumetric flow rate of ionic liquid, respectively. Solving
the transient equation 24 further for time t + At gives:

Cco,— (t+At)—Cco,—Tank(t)
Q11(Co0,-2=0(8) = Coop—canic(£)) = Vyy |Fe2renktormcoa-Tank (25)

Cco,-rank(t + At) represents CO, concentrations (mol. m~3) in tank at time t + At. Concentration
Cco,-z=0(t) was found using the following boundary integration equation:

f f:::; CCOZ_S(T)TdT‘dQ

CCOZ—Z=0(t) = ff:::: rdrdo (26)
Solving equation 25 for time t + At gives the following equation:
At At
Cco,-rank(t + At) = T Cco,-z=0(t) + Cco,-rank(O[1 + E] (27)
T;,, is the residence time of ionic liquid in the tank which is found from the following equation:
14
I = = (28)

Q1L

The concentration in the tank found from Equation (27) is feed to contactor shell side inlet at z=L.

3.4 Design basis and model simulation

The above model equations for all domains with appropriate boundary conditions and process parameters
were solved using COMSOL Multiphysics® (version 5.3, 2018) which uses finite element method (FEM),
and MATLAB R2017a using LiveLink™ for MATLAB. PARDISO solver is used for the steady state
model equations. For pseudo-steady state studies a time dependent solver was used to solve non-steady
state equations, keeping the same mapping and solver configurations. Geometry is meshed after defining
all the parameters and model equations for respective domains. More refined meshes were applied on
mass transfer boundaries, especially at interface. Parametric studies were performed by post processing in
COMSOL.

Fresh feed gas mixture input at inner side of fibers has a constant concentration of CO,. Absorbent passing
through the shell is recirculated from a tank. With each recirculation of absorbent from the tank, the
concentration of CO, increases in the absorbent. The process was started from introducing a fresh
absorbent from the tank at shell side of the contactor. After passing through the contactor, absorbent
concentration at shell side exit Cco,—7-o(t), is predicted by boundary integral equation (26) after first
single run in the contactor. Dynamic equations of absorbent tank developed in section 2.3 coupled with
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steady state equations of the shell side was able to measure the change in concentration of CO, in the
absorbent tank for the next run through the contactor. Concentration measured by the dynamic equation
was feed as input concentration of CO; in the absorbent at shell side of the contractor (Table 3: BC for
shell side at z=L). The coupled process was kept continued until reaching the pseudo-steady state.

4  Results and discussion

4.1 Experimental results and model validation

Carbon dioxide absorption experiments were carried out at room temperature and nearly ambient pressure
conditions. IL was recirculated at a constant flow rate of 60 ml.min™ while gas flow rate was varied from
50 to 100 ml.min™. IL during recirculation was absorbing CO, from the gaseous mixture. During the
initial recirculation the system was nearly 100 % efficient for both 50 and 100 ml.min™* gas flow rates,
based on the removal of CO, from the gas side. Further recirculation has reduced the efficiency (equation
29), significantly. After 50 minutes of recirculation the efficiency was decreased to 14.1 % and 2.7 % for
50 and 100 ml.min™ gas flow rates, respectively as presented in table 5. Unlike gas side CO, removal
efficiency, CO, flux and overall mass transfer coefficient increases with increase in gas flow rate for fresh
IL in initial recirculation, which have been also reported by Dai and Deng [23]. Initially, CO, flux was
found to be 3.09 10° mol.m%s™ and 6.1 10”° mol.m™?.s™ for 50 and 100 ml.min™ gas flow rates. The CO,
flux was nearly double for 100 ml.min™ initially, when the IL was fresh having very little amount of CO..
Overall mass transfer coefficient for 100 ml.min™ gas flow rate was 3.99 10° m.s™ while for 50 ml.min™
gas flow rate it was 3.01 10° m.s™. This contrary phenomenon occurs at higher recirculation times after
absorbing enough amount of CO,. After 20 minutes, the CO, flux was reported to be 1.32 10 mol.m?2s™
for 100 ml.min™ gas flow rate, which is nearly half of the value (2.87 10®° mol.m?.s™) at 50 ml.min™ gas
flow rate, unlike initial times. A greater difference in overall mass transfer coefficient was observed for
both gas flow rates at higher recirculation times. After 20 minutes the values noted were 1.21 10° m.s™
and 0.22 10°m.s™ for 50 and 100 ml.min™ gas flow rates, respectively.

Efficiency (%) = € = (1 - W) 100 (29)

COz—in

Table 5 CO, removal efficiency, gas side flux and overall mass transfer coefficient.

Time (min) Q (ml.min™') € (%) Jco, * 10°(mol. m™2s™") K., 105 (m.s™")
Initial 50 99.9 3.09 3.01
100 98.7 6.10 3.99
10 50 98.7 3.05 1.99
100 68.0 4.20 1.05
20 50 92.7 2.87 1.21
100 21.4 1.32 0.22
30 50 38.7 1.19 0.22
100 6.7 0.41 0.06
40 50 23.8 0.73 0.13
100 34 0.21 0.03
50 50 14.1 0.43 0.70
100 2.7 0.16 0.03
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For the model validation the experimental results of gas side outlet dimensionless concentration of CO,
against recirculation time was plotted and compared with the simulation results. The experimental results
were presented with standard error bars. The ionic liquid flow rate and CO, feed concentration were kept
constant at 60 ml.min™ and 15 % by volume, respectively. Surface tension of the IL [emim][EtSO.,] is low
compared to water, this factor increases the risk of wetting. However, no wetting assumptions were
considered for the current process due to the fact that this IL has a very high value of viscosity. Moreover,
the process was carried out with hydrophobic membranes having small pore size of 0.04 pm and a slight
transmembrane pressure difference was applied (table 2). In order to validate the model, two different sets
of operating parameters (50 ml.min™ and 100 ml.min"gas flow rates) were considered. Both parameters
have an influence on the separation efficiency.

Figure 4 presents the results obtained for a gas flow rate of 50 ml.min™, whereas figure 5 shows the results
for the higher value of the gas flow rate (100 ml.min™). Figure 4 shows a gradual increase in CO, outlet
dimensionless concentration by increasing recirculation time, as the absorbent moves toward saturation
with more recirculation and absorption. If we consider the experimental errors represented as bars on the
figure there was a quite good agreement between experimental and simulation results.

1

= Simulation
0.9 1 A Experimental A

0.8 1
0.7 4

0.6

0.5 4

0.4

Tube side outlet dimensionless concentration
Cco,_out/Cco, in

0 £x = T : T . -
0 10 20 30 40 50 60
Time(min)
Figure 4 Comparison of current simulation with experimental data for CO, absorption at recirculation
time under non-wetting assumption; Q;;, = 60 ml.min™*, Q; = 50 ml.min™*, ¢, = 15 %.

Figure 5 shows similar results. A rather good agreement between experimental and simulation results was
also observed, especially at higher recirculation times. The assumption of non-wetted membrane seems
validated in regards with the agreement between modeled and experimental results. As can be seen later in
section 3.3, if the membrane were partially wetted, the efficiency would decrease and the gas side CO,
concentration ratio (Ccoz ou/Cco2 in) Would be higher. Nevertheless, we can conclude that the model
matches well the experimental results. Moreover, considering the experimental errors, the standard
deviation between the calculated and experimental results is ranged only between 3% to 5%.
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The dynamic mode was adopted to validate the model for the developed experimental setup. Further
results developed using the same model are for first single run through the contactor, with fresh absorbent
and in non-recirculation mode. Once the model is validated, it could be further used to study the effect of
other parameters.
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0,5
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Tube side outlet dimensionless concentration
Cco,_out/Cco,_in
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Time(min)

Figure 5 Comparison of current simulation with experimental data for CO, absorption at recirculation
time under non-wetting assumption; Q;, = 60 ml.min™*, Q, = 100 ml.min*, ¢, = 15 %.

4.2  Concentration distribution of CO, under non-wetting mode

Figure 6 shows concentration distribution of CO, in tube, membrane and shell of the contactor under no-
wetting mode. The gas mixture flows in the inner (tube) side from z=0, where its concentration is
maximum (C,), towards z=L. Absorbent is allowed to flow counter currently in the shell side, as it enters
at z=L where CO, concentration is minimum and moves towards z=0 while absorbing CO, which diffuses
from the walls of porous membrane. Concentration difference (driving force) causes to diffuse CO,
through the walls of porous membrane from tube side towards shell side. Diffusion is the dominant mass
transfer mechanism in radial direction due to the huge concentration difference while in axial direction
convection is the dominant mechanism due to fluid flow. Figure 6 shows that CO, concentration decreases
gradually as it moves forward in the contactor while it increases in the shell side when the absorbent
moves forward in the shell of the contactor.
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Figure 6 Overall dimensionless concentration profile of CO, (tube, membrane and shell) under non-
wetting assumption; steady state, Q;;, = 50 ml.min™*, Q; = 20 ml.min™*, ¢, = 15%, T = 291K.

4.3  Effect of membrane wetting on CO, removal

Wetting is a major challenge in membrane contactor operations as it significantly increases the mass
transfer resistance. Some studies predict that wetting can cause six times drop in CO, absorption and that 5
% wetting can cause up to 20% reduction in mass transfer coefficient [4,37,38]. Therefore, five different
membrane wetting conditions have been investigated. Apart from non-wetted and fully wetted conditions,
three partially wetted conditions have been considered: 5% wetting, 20% wetting and 50% wetting. X%
wetting means that X% of the pore’s length is filled with ionic liquid.

Figure 7 presents the drop in CO, absorption efficiency with increase in membrane wetting. A significant
reduction in mass transfer can be seen due to membrane wetting. A 5% membrane wetting has caused
almost 40 % reductions in the separation efficiency. A major drop in efficiency can be observed by
wetting of a small portion of membrane. Efficiency of CO, separation drops from 97% to 20 % when
conditions changes from non-wetting to full wetting mode.

C — . . . R
Where w represents tube side outlet dimensionless concentration of CO..

COz—iTl
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Figure 7 Effect of membrane wetting on separation efficiency of CO,; steady state,Q,, = 50 ml.min™t,
Qg =20ml.min™t, ¢, = 15%, T = 291K.

Figure 8 presents concentration distribution of CO, in membrane under partial wetting and full wetting
mode. Figure 8 (a), (b) and (c) represents membranes under 5%, 20% and half wetting conditions,
respectively, while figure 8(d) represents full wetting mode. It can be observed that increase in membrane
wetting causes a significant increase in CO, dimensionless concentration at outlet of contactor and reduces
efficiency of separation. In partial wetting modes, a completely different concentration distribution can be
observed in wetted and non-wetted portion of membrane due to the increase of the mass transfer resistance
in the wetted portion.
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Figure 8 Dimensionless concentration distribution of CO, along porous membrane (a) 5% wetting (b)
20% wetting (c) half wetting (d) full wetting; steady state,Q;, = 50 ml.min™', Q, = 20 ml.min™",
oy, = 15%, T = 291K.

The fully wetted membrane presents a very low separation efficiency therefore this condition will not be
further taken into account and focus will be put on non-wetted and partially wetted conditions.

4.4  Effect of membrane porosity and tortuosity

It is clear from equation (17) that porosity has a significant effect on the mass transfer of CO,. A higher
porosity will reduce membrane mass transfer resistance and process will be much efficient [39]. In this
study, the effect of membrane porosity on CO, removal efficiency was investigated and reported in figure
9. Porosity has also direct effect on tortuosity of the membrane. An increase in porosity decreases
tortuosity which makes the process more efficient. Tortuosity was varied according to the following
equation [40]:

1
T=-=
€

(30)
In non-wetting conditions increasing porosity from 0.1 to 0.5 increased efficiency by 53 %. In case of 20
% wetting an increase of 42 % was observed. From above results it can be clearly concluded that lower
porosity has increased membrane mass transfer resistance. However, in terms of membrane
manufacturing, there are some limitations on membrane porosity enhancement due to fabrication and
mechanical strength problems.
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Figure 9 Effect of membrane porosity on separation efficiency of CO2 under non-wetted and partially
wetted modes; steady state,Q;;, = 50 ml.min™*, Qg = 20 ml.min™', ¢, = 15%, T = 291K,

Tortuosity can directly affect the mass transfer resistance in porous membrane. Increase in tortuosity
increases the mass transfer resistance in porous membrane [39]. Keeping a constant value of porosity
(0.5), an increase in tortuosity significantly affected the removal efficiency. A decrease of about 20 % in
removal efficiency was observed by changing tortuosity value from 1 to 7 in non-wetting mode. In case of
20 % wetting, the removal efficiency decreased by 22 %.

4,5  Effect of fiber diameter and module length

In the current study gas is allowed to flow inside the fiber. Increasing fiber inner diameter will increase
gas volume. Number of fibers, gas and liquid velocities and other dimensions were kept constant. Increase
in fiber inner diameter which in turn causes an increase in gas volume makes the process less efficient. As
other dimensions and conditions were kept constant, there was more CO, available for the same amount of
absorbent, which reduced separation efficiency. A smaller inner diameter will enhance the separation
efficiency as shown in figure 11. The effect of changing fiber diameter has been studied and confirmed by
Dai et al. [2]. Fiber inner diameter was changed from 5 mm to 1mm which effectively enhanced
separation efficiency. Ahmad et al.[6] and Zhang et al[21] reported opposite effects when absorbent was
passed inside the fiber. Increasing the fiber diameter has enhanced CO, separation due to increase in mass
transfer area.

A significant drop in removal efficiency was observed by increasing fiber inner diameter, for both non-
wetted and partially wetted modes. In no wetting conditions changing fiber inner diameter from 0.1 mm to
1 mm reduced efficiency by 33%. In case of 20 % wetting the efficiency is reduced by 47%.
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Figure 10 Effect of fiber inner diameter on separation efficiency of CO, under non-wetted and partially
wetted modes; steady state,Q;;, = 50 ml.min™*, Q; = 20 ml.min™', ¢, = 15%, T = 291K.

Increase in membrane length causes an increase in mass transfer surface area and increase in absorbent
residence time in module, which enhances the process efficiency. A significant increase in efficiency was
observed with increase in module length, for both non-wetted and partially wetted conditions, during the
simulations. Similar effects have been confirmed in other studies. Ahmad et al. [41] reported that
increasing module length enhances separation performance, while separating carbon dioxide from
methane in HFMCs. Increasing fiber length will increase permeation which in turn will enhance
absorption performance. In another study by Zhang et al. [42], the fiber length was increased from 200 cm
to 1000 cm which increased the CO, absorption efficiency in piperazine from 56% to 84 %. Wang et al.
[43] also reported the same effects in membrane stripping for CO, desorption from MEA. It was reported
that long residence time in membrane contactor due to increased membrane length has resulted in better
separation performances. An initial change in module length causes more variation in removal efficiency.
The variation in removal efficiency decreases with further change in module length

In this study, pressure drop in the membrane module is not considered. Increase in length may cause a
higher pressure drop due to high absorbent viscosity which in turn may cause membrane wetting. CO,
concentration also drops progressively along membrane length which reduces driving force for separation
[2]. Thus, an optimized value for membrane module length must be used for optimum separations.

4.6  Effect of gas and absorbent flow rate

Effect of gas flow rate on CO, removal efficiency is shown in figure 11. A smaller gas flow rate provides
better removal efficiency. Increasing gas flow rate leads to minimal gas residence time in the tube, which
leads to allow more CO, to pass from the contactor without absorption. This decrease in CO, residence
time considerably decreases its removal efficiency[44,45]. Although CO, absorption efficiency decreases
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with increase in gas flow rate, the amount of CO, absorbed in the liquid phase will increase. The CO,
absorption efficiency decreases as there is more CO, available at gas outlet which is not absorbed due to
high gas flow rate. However, the CO, amount in the liquid phase increases because of the enhanced mass
transfer[46]. This enhancement in mass transfer is due to the greater average concentration of CO, at gas
side because of the higher gas flow rate[47].

Figure 11 shows dimensionless concentration of CO, against radial dimensionless length at outlet of the
tube. It is evident from figure that increasing gas flow rate has significantly decreased the removal
efficiency, for both non-wetted and partially wetted modes. Gas flow rate was varied from 10 ml.min™ to
130 ml.min® while keeping a constant absorbent flow rate at 50 ml.min?. CO, dimensionless
concentration at the outlet of the tube was increased by 35 % and 38 % in non-wetting and partial wetting
modes, respectively, by varying gas flow rate from 10 ml.min™ to 130 ml.min™*. Gas flow rate should be
very carefully optimized as it directly affects the CO, transport and also causes a high/low CO, flux across
membrane.
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Figure 11 Effect of gas flow rate on separation performance of CO, under non-wetted and partially wetted
modes; steady state, Q;, = 50 ml.min™!, ¢, = 15 %, T = 291K.

Absorbent flow rate can affect the CO, removal efficiency, as shown in figure 12. An increase in
absorbent flow rate increases removal efficiency [45]. A lower absorbent flow rate reduces the driving
force for the CO, due to the lower concentration difference. Increasing absorbent flow rate allows more
fresh absorbent to enter the system and absorb CO.. It also increases the volume of absorbent for the same
amount of CO, in gas phase. Increasing absorbent flow rate also reduces liquid boundary layer thickness
which results in an increase in liquid mass transfer coefficient and diffusivity [45,46,48,49]. CO, flux was
increased by increasing water and NaOH flow rate in PVDF membrane contactor. Wang at al. [50]
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reported that increasing absorbent flow rate increases the CO, absorption flux because of the instantaneous
absorption.

Absorbent flow rate was varied from 5 ml.min™* to 65 ml.min™* while gas flow rate was kept constant at
130 ml.min™. A higher gas flow rate was used to study the effect of absorbent flow rate on process
efficiency. At lower gas flow rates, the process was efficient enough which made it impossible to study
the effect of higher absorbent flow rates. CO, dimensionless concentration at the outlet of the tube
dropped by 12% and 16% for non-wetting and partial wetting modes, respectively, by increasing liquid
flow rate from 5 ml.min™ to 65 ml.min,

Apart from the enhancement in the CO, removal efficiency with increase in absorbent flowrate, several
authors have reported the influence of absorbent flowrate on the membrane wetting [37]. A significant
increase in pore wetting due to increase in absorbent flowrate has been reported. Boributh et al. [51] while
increasing the absorbent velocity from 0.1 m s™ to 0.4 m s™ observed an increase in the wetting ratio by a
factor of approximately 8. One of the studies has attributed this increase in wetting as to be due to the
reduction in absorbent boundary resistance with increase in absorbent flowrate which has increased the
resistance due to the absorbent inside the pores of membrane (wetted part of the membrane) [52].
Mavroudi et al. [53] while working on the CO, absorption in water-membrane contactor setup observed
that total mass transfer resistance increases with time and becomes more significant at higher absorbent
flowrates. These authors have reported that this behavior might be due to the possible increase in pressure
with increase in absorbent flowrate, thus resulting higher transmembrane pressure and increasing
membrane pore wetting. An optimized value of absorbent flow rate is required to reduce the potential for
wetting and to control both capital and operational cost for the process [45,54].
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Figure 12 Effect of absorbent flow rate on separation performance of CO, under non-wetted and partially
wetted modes; steady state, @, = 130 ml.min™', ¢, = 15 %, T = 291K.
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It can be observed that there is a minor drop in concentration when we move toward the wall of the
membrane (ry), in no-wetting mode. It may be due to the absorption and driving force toward membrane
which reduces its concentration near the membrane wall. On the other hand, in partial wetting condition
there is almost no drop in concentration which may be due to the reduction in driving force due to wetting
and increased membrane mass transfer resistance.

5 Conclusions

The present work aims to study the absorption process of CO, from CO,/N, mixture in HFMC coupled
with 1-Ethyl-3-methylimidazolium ethylsulfate [emim][EtSO,] as an absorbent. A dynamic 2D mass-
transfer model was developed considering non-wetted, partially wetted and fully wetted conditions for a
counter current flow in contactor. CO, flux, removal efficiency and overall mass transfer coefficients were
investigated against time for pseudo-steady state absorption. Effect of membrane wetting on CO,
absorption process was systematically studied. Effects of porosity, module length, fiber inner diameter,
gas flow rate and absorbent flow rate on CO, absorption efficiency were studied considering both non-
wetted and partially wetted conditions. Some of the findings are listed below.

= IL upon recirculation absorbs CO, until reaching pseudo-steady state. For fresh IL (or very low
concentration of CO,), at higher gas flowrates the CO, flux and overall mass transfer coefficient
are much higher compared to that at low gas flowrates. This effect becomes opposite at higher
recirculation times after absorption of CO, in IL.

= Membrane wetting has a significant effect on CO, absorption process. Only a 5% wetting can
cause a drop of 40% in CO, removal efficiency.

= Increasing membrane porosity increases the CO, removal efficiency for both wetted and non-
wetted membranes. Membrane tortuosity has the opposite effect on removal efficiency. CO;
removal efficiency is favored by increase in module length and a decrease in fiber inner diameter.

= A decrease in gas flowrate and increase in absorbent flow rate favors CO, removal efficiency.

Even if ILs are for the instance relatively expensive and then difficult to be applied at industrial scale,
their stability, lack of reactivity towards the membrane material, reusability and low vapor pressure
made them good solvent models for this process. Moreover, in addition to the main drawback of high
cost they have a relatively high viscosity. Indeed, current experimental research is being carried out
using mixtures of various ILs with water in order to decrease their viscosity and process costs. Also,
an experimental and modeling work on stripping or desorption process is under way.
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